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Abstract-A flow visualization technique for studying the gas bubble dynamics in a pressurized fluidized 
bed was developed and used to quantify these dynamics at the surface of a vertical tube submerged in the 
bed. Transient.heat flux measurements were made and correlated with bubble motion. As a result, it is 
concluded that the heat transfer process is strongly affected by bubble dynamics and is much more complex 
than any of the generally accepted models can predict. It is also shown that the overall bed operating 
conditions are the primary driver for local bubble/particle motion around the tube which significantly 

affects the time-dependent fluctuation in local heat transfer. 

1. INTRODUCTION 

THE IMPLEMENTATION of fluidized bed technology for 
the combustion of coal to produce electrical power is 
a very promising method of making this an environ- 
mentally acceptable energy conversion technique. 
One of the limitations to this technology, however, is 
the ability to scale laboratory test data to commercial 
size systems. This inability is caused by a lack of 
understanding of the local heat transfer to boiler tubes 
submerged in the fluidized bed. The current tech- 
niques for predicting local heat transfer rates are 
extremely empirical ; some even require that model 
coefficients be measured at full-scale geometries and 
conditions. These techniques attempt to predict an 
‘average’ coefficient predicated on a steady-state type 
of analysis. It is well known, however, that the process 
is extremely transient as a result of transient and 
localized effects of the gas bubbles that percolate 
up through the bed. The result is that there is no con- 
sensus on predictive techniques for sizing heat transfer 
surface area for boiler tubes submerged in a fluidized 
bed combustor. What is drastically needed is an 
understanding of the complex transient heat transfer 
process at the surface of in-bed boiler tubes as a result 
of bubble dynamics at these surfaces. 

A fluid&d bed combustor is a device that consists 
of a vessel filled with small particles of coal (10% by 
volume) and limestone or sorbent (90% by volume). 
The bottom of the vessel consists of a distributor plate 
that allows air to be blown upward through the bed. 
As the flow velocity is increased the packed bed of 
stationary particles will begin to separate and the par- 
ticles will be suspended in the air stream at a point 
where the drag force on the particle is equal to the 
weight of the particles. This condition is defined as 
minimum fluidization. As the flow is further increased, 
the movement of particles will resemble that of a liquid 
and at even higher velocities voids or bubbles per- 
colate through the bed and the overall appearance is 
similar to a boiling liquid. 

The technical problem of predicting flow charac- 
teristics and heat transfer in a fluidized bed has been 
studied extensively. The body of literature is so vast 
that it is not practical to attempt a complete review 
here, but even with this body of work no generally 
accepted procedure exists for predicting local heat 
transfer coefficients. The following brief review will 
summarize the primary modeling efforts in this field 
and point out what work is needed to provide the 
missing information for providing predictions of local 
heat transfer coefficients at submerged tube surfaces. 

The bulk of the previous modeling efforts has been 
for horizontal tubes in large particle systems. Large 
particle systems are defined as those with thermal time 
constants substantially greater than their residence 
time at a heat transfer surface. At typical operating 
conditions of a fluidized bed combustor, particles of 
1 mm or larger are ‘large’ by this definition. An initial 
attempt at modeling the heat transfer process in a 
fluidized bed was made by Mickley and Fairbanks [ 11. 
This model considered the process in terms of a packet 
of particles that move from the interior of the bed to 
the heat transfer surface and then return to the interior 
of the bed. Heat was assumed to be transferred 
between the packet and the surface by a conduction 
process that is proportional to the net conductance of 
a quiescent bed, which must be measured exper- 
imentally. The heat transfer coefficient between the 
bed material and the heat transfer surface was 
assumed to be a function of packet residence time, 
and the heat transfer during bubble contact was 
assumed to be negligible. Therefore, the heat transfer 
coefficient was proportional to the square root of the 
product of particle thermal conductivity, particle den- 
sity, particle specific heat, and a stirring factor. The 
stirring factor is a function of the frequency at which 
stationary packets contact the surface and the resi- 
dence time of these packets at that location. Packets 
were assumed to be stationary during contact with the 
surface. This stirring factor must correlate the bulk 
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bed operating conditions with the local dynamics of 
the particles at the surface. They were not able, 
however, to either produce an analytical expression 
for this factor or measure this factor experimentally. 

but suggested that future experimental work could 
accomplish this critical step by measuring heat trans- 
fer coefficients and bulk bed operating conditions. 

This technique was extended by Glicksman and 

Decker [2] to include the effect of the bubble phase 
and a more usable expression of the stirring factor. 
This model not only included particle thermal pro- 
perties, but also bubble residence time fraction, solids 
residence time, and bulk bed void fraction at mini- 

mum fluidization. They concluded that while this was 
a definite improvement and was a physically plausible 
model it was still difficult to apply because of its 

inherent dependence on two quantities difficult to 
measure, let alone predict: bubble residence time frac- 
tion and solids residence time. To resolve this 

dilemma, they adopted an empirical approach by 
modifying a general correlation used for packed beds 
which obviously does not include provisions for 
bubbles. This empirical model was developed for large 
particles and horizontal tubes and predicted Nusselt 
number as a function of bubble fraction, Reynolds 
number and Prandtl number. This model still requires 
knowledge of the bubble fraction which was estimated 
by experimentally determining bulk bed void fraction. 
This approach, therefore. assumes that the bed is uni- 
form throughout which is not realistic and that the 
particles are stationary when in contact with the 

surface. 
Catipovic et uI. [3] conducted an experimental study 

of large particles around horizontal tubes from which 
they proposed a Nusselt number relation which 
included a residence time for tube/bubble contact, 
Archimedes number, Prandtl number, Reynolds num- 
ber at minimum fluidization, and a ratio of particle 

diameter to tube diameter. They measured instan- 
taneous heat transfer coefficients and obtained 
maximum and minimum values which were assumed 

to correspond to emulsion and bubble phase 
coefficients. They concluded that the local value of 
bubble residence time, obtained from capacitance 

measurements, differed significantly from the mean 
value for the bed as a whole. Here again the assump- 

tion was made that only two stable states occur at the 
tube surface, one with a stationary emulsion and one 
with a bubble. 

As observed by Zabrodsky et (11. [4], in large particle 
systems, the bubbles move slower than the interstitial 
gas, whereas in small particle systems the bubbles 
move faster than the interstitial gas. For horizontal 
tubes and large particles, the heat transfer coefficient 
was presented as an empirical function of gas thermal 
properties, bulk bed void fraction, particle diameter 
and superficial gas velocity. The value of bed void 
fraction was determined experimentally. 

A mechanistic theory for large particle systems was 
developed by Ganzha et al. [S]. They assumed that in 

the absence of radiation the total heat transfer was 
composed of a conduction term and a convection 
term. The conduction term was calculated by (1) 
assuming that the stationary solid particles are dis- 
tributed around the tube in an arrangement of unit 
orthorhombic cells and then (2) considering com- 

posite infinite layers of gas and solid. The unsteady- 
state heat conduction equations were then solved 

under these well-defined boundary and initial con- 
ditions. The convective term was evaluated h\. 

assuming that the boundary layer on the tube XI:, 
disrupted at the front half of the particle and was 
reformed in its wake. The resulting model for large 
particle systems with horizontal tubes was in the form 

of Nusselt number as a function of Reynolds number 
at operating conditions and at minimum fluidization. 
Prandtl number, bed void fraction near the tube 1.01 
operating condition and at minimum Huidiraliorl. 
Archimedes number, and ratio of particle diamctcr to 
tube diameter. It was determined that the bed void 
fraction near the surface was larger than the bulk bed 
void fraction. While this model was proposed as a 
mechanistic model it is still somewhat cmpiricai and 
therefore limited to the conditions used for developing 
the constants. The authors concluded that a body 
of accurate data covering a wide range of con- 
ditions is needed to broaden the scope of this theory 
and that the specification of surface void fraction 

needs special attention. This model also provided Ihc 
insight that local bed conditions were different from 
bulk bed conditions, which is extremely imporiant. 

Decker and Glicksman [6] extended their earlier 
model by including the effect of bubbles or voids. 
Their physically based model was proposed for large 
particle systems. They observed that in many 
instances the heat transfer behavior of large and small 
particles are contradictory. That is, heat transfer is 
proportional to particle size for large particles but is 
inversely proportional for small particles. For small 
particles, heat transfer is independent of bed pressure:. 
but large particle heat transfer increases with pressure 
level. The modified model predicts total Nusselt num- 
ber as a function of two separate Nusselt numbers 
and the bubble void fraction. One Xusselt number 
corresponds to the emulsion phase and the other zo 
the void phase. This model requires knowledge of 
local bubble void fraction at the surface, bubble rise 
velocity at the surface and bubble length scale at the 
surface. None of these quantities were measured 
directly and therefore this technique is severely limrted 
at this time. Even though authors realized the impor- 
tance of local bed conditions, they assumed that two 
steady-state conditions occurred (i.e. stationary anul- 
sion and bubbles). 

A much smaller body of literature exists for tlu- 
idized beds with vertical tubes. In one of the more 
comprehensive studies, Boradulya et ul. [7] conducted 
an experimental study of heat transfer in a high pres- 
sure fluidized bed with large particles and vertical 
tubes. When they tried to use various mod& they 
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concluded that a major need exists to directly measure 
the values of bulk and local bed void fraction. In 
addition, there is a need for modifying existing ambi- 
ent pressure horizontal-tube empirical models for con- 
ditions of high pressure vertical tube systems. 

A model developed by Martin [&IO] makes use of 
some basic ideas adopted from the kinetic theory of 
gases to describe the mechanism of energy transfer 
through the moving particles. The heat transfer 
coefficient relation comprises three components : par- 
ticle conduction, gas convection and radiation. The 
particle conduction is a transfer mechanism in which 
the particles transfer energy, which they have acquired 
in the bulk bed, to the tube surface. The gas convective 
and radiative components represent the direct heat 
transfer from the carrier gas to the tube surface. For 
very large particles (diameter greater than 3 mm), 
which require corresponding large gas velocities for 
fluidization, this component can play the dominant 
role. The model is somewhat more difficult to 
implement than the other models discussed here and 
does assume that the local bed void fraction is equal 
to the uniform bulk bed void fraction. The author 
observes that the model is capable of describing local 
dependencies provided the bulk void fraction is 
replaced by the corresponding local value. 

tank is metered to the fluidized bed by a series of flow 
and pressure regulators to independently control the 
pressure and volume flow rate to the bed within the 
operating conditions of 0.76 m s- ’ (2.5 ft s- ‘) to 49 
m s- ’ (15 ft s- ‘), I-20 atm. An orifice meter is used 
to measure flow rate upstream of the bed and along 
with various temperature and pressure sensors pro- 
vides the quantification of bed operating conditions. 
The fluidized bed is a 30.5 cm (1 ft) diameter by 305 
cm (10 ft) high cylindrical vessel with five side access 
ports. The distributor plate is interchangeable and 
currently comprises a 900 x 1200 mesh stainless steel 
screen sandwiched between perforated steel plates 
which provides a uniform distribution of fluidizing 
nitrogen across the bed cross section. A vertical 5 cm 
(2 in) diameter by 30.5 cm (12 in) long steel tube test 
section is installed within the bed, as shown in Fig. 2. 
The instrumented section of this tube includes a Pyrex 
window for visualization, a fast response heat flux 
gage and a fast response thermocouple both mounted 
directly above the window. Inside the tube two high 
intensity lights are installed to provide both illumi- 
nation for visualization through the window and a 
heat source. An air-cooling system is included to con- 
trol the temperature at the instrumented section. 

An approach developed by Bock [l I-131, which is 
an extension of Mickley and Fairbanks’ packet 
theory, results in a simpler expression for the value of 
heat transfer coefficient as a function of bubble frac- 
tion and residence time. The void fraction can be 
either the bulk value or local value at the wall if 
known. Bock used a capacitance probe to determine 
local values of bubble void fraction. 

As can be seen from these modeling efforts, most 
current techniques attempt to include the effect of 
bubble dynamics by some type of local or bulk ‘aver- 
age’ void fraction or ‘average’ residence time. The 
result is a steady-state analysis assuming two exclusive 
processes: one for the condition when the bubble is 
in contact with the surface, and another when the 
emulsion, assumed to be stationary, is in contact with 
the surface. Since these techniques have proven to be 
inadequate for other than the specific geometries and 
test conditions used as the empirical basis for the 
model, a new approach is warranted. This approach 
is to study the process as a transient phenomenon 
using flow visualization and to investigate the local 
fluctuation in heat transfer at the tube surface with the 
variations in simultaneous local bubble and emulsion 
dynamics. 

Flow visualization is recorded by a Spin Physics 
SP2000 system, a high-speed videographic motion 
analyzer. Figure 3 shows the SP2000 positioned at the 
viewing port of the fluidized bed. The motion analyzer 
utilizes a solid-state video sensor to provide video 
records from 60 to 2000 full frames per second or up 
to 12 000 partial frames per second. Playback speeds 
from 1 to 60 frames per second provide a slow down 
factor from 1 to 12000 times. In the playback mode 
X and Y retitles can be activated to accurately locate 
the position of an image. Thus by knowing the frame 
rate, the exact time of the recording and position in 
each frame, displacements, velocities and accelera- 
tions can be accurately determined. Since the infor- 
mation processing is done digitally, the data can 
be transmitted directly to a computer for off-line 
analysis. 

The heat flux gage (RdF Model No. 20466-3) is a 
fast response element photodeposited on a thin foil. 
The output from this and a similarly constructed ther- 
mocouple is recorded on a high-speed oscillograph 
along with a timing signal from the motion analyzer. 
The combination of these instruments provides the 
capability to accurately monitor the high-speed tran- 
sient heat transfer and bubble dynamics necessary for 
this study. 

2. EXPERIMENTAL FACILITY 3. DISCUSSION OF RESULTS 

A pressurized fluidized bed test facility was fab- 
ricated for this study. A schematic of this facility is 
shown in Fig. 1. A 17 700 liter (625 ft’), 300 atm 
nitrogen blowdown tank provides the source of fluid- 
izing gas, which is pressurized by a liquid nitrogen 
pumping system. Nitrogen flow from the blowdown 

3.1. Instantaneous velocity and heat Jrux data 
Heat flux measurements using the fast-response 

heat flux gage and flow visualization using the SP2000 
high-speed videographic recording system were com- 
bined to provide insight into the transient effects of 
bubble and particle dynamics on the heat transfer 
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FLUIDIZED BED 
1’ DIA. x 10 

RATED AT 1 TO 20 atm 

PRESS& 
REGULATORS 

FIG. 1, Pressurized fluidizcd bed test facility. 

from fluidized bed heat exchanger tubes. An example 
of the output from this videographic system is shown 
in the series of recordings illustrated in Fig. 4. The 

scenes shown in this figure are four frames of a video 
sequence recording the passing of two bubbles in a 
Auidized bed. In this test, glass beads with an average 
diameter of 800 pm (+ 50 pm) were fluidized at ambi- 
ent temperature and atmospheric pressure. These four 
photographs were taken from the monitor of the 
SP2000 motion analysis system. The video camera 
focused on the outside surface of the transparent win- 
dow submerged in the fluidized bed by sighting down 
the length of an access port placed at a right angle to 
the tube. One can see that the elapsed time (shown in 
the top right-hand corner of the photograph) from 
scene (a) to scene (d) is 10.5 ms. Twenty-one frames 
(frame numbers appear in the lower right-hand corner 
of each photograph), of which these are four. make 
up this sequence, corresponding to a frame rate of 
2000 frames s- ‘_ The retitles (i.e. white cross-hairs 
intersect at the particle location) track a single particle 
as it falls through the first bubble (the dark semi- 

circular area in the top left-hand corner) and lands on 
the bubble’s lower surface. The second bubble enters 
the frame in scene (c) (frame No. 2203) at the lower 
center portion of view and by scene (d) (frame No. 

2210) has moved a distance of more than half its 
diameter into the frame. Along with simply recording 
the overall flow field and aiding in the use of other 
instruments, the flow visualization method used here 
provides high-speed motion analyses for events such 
as bubble passage or determining emulsion velocity. 
Referring again to Fig. 4, the coordinates of the 
tracked particle can be combined with the recorded 
time to provide the average particle velocity in the 
focal plane of the image. In this test, the geometric 
calibration factor is 59.1 pm pixel - ’ ; and the particle 
travelled 27.7 pixels; so the average velocity of the 
particle was 155.9 mm s- ‘. This example portrays the 
capabilities of the motion analysis system. The same 
technique was also applied to bubble leading and trail- 
ing edges in the same manner it was applied to the 
particle. The results of one of these tests are described 
and discussed in detail here. 

THERMOCOUPLE 
AND 
HEAT FLUX 
SENSOR 

ILLUMINATION FOR 
VIDEO SYSTEM 

GLASS 
WINDOW 

FIG. 7. Flow visualization access window 



Transient heat transfer and bubble dynamics in a pressurized fluidized bed 2155 

FIG. 3. High speed video system. 

FIG. 4. High speed video of bubble. 
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FIG. 5. Fluidized bed heat transfer 

The signal from the heat flux gage is typically less 
than 10 mV during these tests; so, the signal requires 
amplification. Because the environment surrounding 
the fluidized bed facility is electrically noisy, the signal 
must also be filtered to eliminate 60-cycle noise. For- 
tunately, the heat flux variations measured by the 
sensor are well below 60 Hz. 

The video recordings for this particular test were 

made at 2000 frames s ’ with the SP2000 unit. A 200 
mm lens set at f/5.6 was used to sight into the access 
tube at the surface of the glass viewport window inside 

the bed. The ‘RECORD’ signal of the SP2000 was 
recorded alongside the heat flux sensor output on 
the oscillograph. This provided a timing mark for 
synchronizing the recorded video images with the heat 
flux sensor oscillations. 

Figure 5 shows a facsimile of the heat Rux output 
during the time video recordings were made. This 
graph shows heat flux from the gage over a - 5.25 s 
period. It is seen that the maximum heat flux is 
approximately twice the minimum and the extremes 
arc i 30% about the mean : so heat flux variations 
are not insignificant. The letters on the graph provide 
a key CO a summary of the video sequence. while 

the numbers correspond to points at which particle 
velocity measurements were made. 

A review of the video sequence reveals that 
several significant events occur during this test 

sequence. A commentary of the recorded video images 
is provided in Table 1 for the entire - 10250 frames 

(5.125 s). It can be seen that peaks in heat flux at the 
tube surface occur immediately after a bubble passes. 

Table I, Bubble dynamics observations 

Key Frame 
________ 

45(&550 
55&1280 

c 1280-1600 
d 1600-2250 

e 2250.-2360 
f 236&2941 

g 2941-3176 

h 3176 
i 37764505 

j 4505 
k 450555010 
1 501&5678 

m 56785920 
” 593G-6307 
0 630776460 

P 646&6517 

o 657777460 
r 746tS-7700 
S 7700-8208 
t 820889007 
u 9007 10250 

Comment 

Bed still ; no particle movement 
Bubble passing at right edge of field of view. General 

movement of the particles is counterclockwise 
Bed still; no particle movement for - 300 frames ( - 0. I5 s) 
General particle movement is counterclockwise. No bubble 

visible in field of view 
Bed still ; no particle movement for - 100 frames (- 0.05 s) 
Top of bubble entering field of view in Frame 2360 
Bottom of bubble entering field of view in Frame 2941. 

Particle movement is upward and decelerates to near zero 
Bed paused briefly 
Particles move counterclockwise 
Bed still 
Particle movement upward, slow 
Bubble ; chaotic particle movement in dilute gas/solid 

mixture of inner bubble 
Particle movement upward, slow 
Bubble 
Rapid particle movement upward in wake of bubble 
Bed still 
Two cycles of counterclockwise movement 
Bed still 
Particle movement upward 
Bubble; chaotic particle movement in dilute gas/solid mixture 
Decelerating upward movement of particles 

_~_~~ ~ ~~~ .~~ ~ ~ _~ 
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Heat flux slowly decreases when there is little or no 
particle movement at the tube surface. These phenom- 
ena may be explained as follows. 

Just after a bubble passes, fresh particles come into 
contact with the tube. These particles originate from 
the bulk of the bed where the temperature is quite 
different from that of the tube surface. As the particles 
remain at the tube surface, the temperature difference 
between the tube and the particle decreases, thereby 
decreasing the rate of heat transfer by conduction. As 
a new bubble passes, particles are removed from the 
surface so it is now exposed only to the gas phase, or, 
at most, a very dilute mixture of gas and solid 
particles. The heat transfer by convection is less than 
that by conduction. As the bubble passes, new par- 
ticles contact the surface to start the cycle over. The 
intermediate peaks occur as a result of intermediate 
velocities caused by bubbles that pass in the vicinity 
but not directly at the heat flux gage. Other inter- 
mediate results occur when already heated particles 
are moved along the surface but are not replenished 
by fresh lower temperature particles from the bed 
interior. 

Particle velocity measurements were made at vari- 
ous times during the first 4500 frames (2.25 s) of the 
video sequence. This was accomplished with on-board 
digitizing capability of the SP2000. Particle position 
was tracked through several frames. These position/ 
time measurements thereby provide an average velo- 
city over that particular set of frames. 

The magnitude of the particle velocity is shown 
as a function of elapsed test time for various event 
numbers in Fig. 6. It is seen that the major peak in 
velocity occurs in the wake of a bubble. The three 
minor peaks occur at times when the general particle 
movement is left-down-right, or counterclockwise. 

Polar plots of velocity reveal more detail about 
particle movement. Figure 7(a) shows particle velo- 

1.2 r 

cities during the time period ‘b” of the test (see Fig. 
5 and Table 1). Particle movement is clearly counter- 
clockwise as a bubble passes on the extreme right of 
the field of view. Particles do not move upward at any 
time in this portion of the sequence. During period 
‘d’ of the sequence, Fig. 7(b), particle movement is 
again counterclockwise with no movement upward. 
No bubble was visible in the field of view, but the 
overall movement is very similar to that during period 
‘b’. 

Particle velocities just prior to and after the passage 
of the large bubble are shown in Fig. 7(c). The accel- 
eration of the particles at the leading edge of the 
bubbles (points 28-30) the subsequent deceleration of 
the particles in the wake of the bubble (points 31-40) 
are clearly shown in which the particle movement is 
generally upward. Finally, the sequence closes with 
another series of counterclockwise particle move- 
ments (points 42-49). 

It is quite clear from these data and visual obser- 
vations, that the heat transfer process is much more 
complex than any of the previous models indicated 
and is a function of the complex local bubble dynamics 
at the surface. Even when a bubble does not directly 
pass a given heat transfer location, its motion can 
cause the emulsion at the location to accelerate or 
decelerate. Therefore, conditions at a localized tube 
location range from a stationary emulsion at the tube, 
an accelerating emulsion, a decelerating emulsion, and 
a fast moving bubble with or without particles raining 
through the bubble. The direction of emulsion flow 
also has a bearing on heat transfer due to the locat 
temperature of the emulsion. Fresh emulsion from the 
bed interior has a different effect than emulsion with 
the same velocity that has been in contact with the 
tube. The origin of the emulsion and its velocity seems 
to be governed by the distance from the heat fiux gage 
to the passing bubble. 

.6 

EVENT NUMBER INDICATOR 

.6 

0 0.5 1.0 1.5 2.0 2.6 
TIME (SEC) 

FIG. 6. Particle velocity. 
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FIG. 7. Particle velocity components. 

3.2. Periodic heat transfer data 
In order to provide a qualitative understanding of 

the effect of various bed operating conditions on heat 
transfer, heat flux measurements were recorded for 
longer periods of time, shown in Figs. 8 and 9. Figure 
8 shows three traces of heat flux with constant non- 
dimensional mass flow rate (mass flow rate divided by 
mass flow rate at minimum fluidization) at three bed 
pressures. As bed pressure increases, both the mean 
heat flux and the amplitude about the mean increases. 

1 6000 

V P = 4 atm 

&I = ZM,, 
500 I , 2006 

0 5 10 15 (20 25 30 35 

TIME (set) 

FIG. 8. Bed pressure effects on heat flux. 

The frequency of heat flux oscillations, however. 
remains relatively constant. Figure 9 shows three 
traces of heat flux for constant bed pressure at three 
non-dimensional mass flow rates. As mass flow rate 
increases the mean value of heat transfer, the ampli- 
tude of fluctuation and the frequency of fluctuation 
all increase. For the two lower values of mass flow 
rate the mean and amplitude increase only slightly, 
but the frequency exhibits a significant increase. The 
highest value of mass flow rate exhibits a significant 

1300 4000 

i ,p ; $ym, 

300 A- ! 1000 

z 
1300 / / I / / 

L 
5 
a t 

---14000 
P = 6 atm 

m . 
m --- 1.4 M,, 

-1300 ,,,,. , , 4000 

P = 6 atm 

c 

i __J‘ ‘1, 

-t 1000 
0 5 10 15 20 25 30 35 

TIME (see) 

FIG. 9. Flow effects on heat flux 
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increase in all three indicators of heat transfer. The 
importance of these three parameters is that the total 
heat transferred during a given period is not accu- 
rately represented by the mean value alone, but is a 
function of all three parameters. 

4. CONCLUSIONS AND RECOMMENDATIONS 

The major accomplishment of this study is the 
development of a flow visualization technique to 
document the local bubble dynamics at the surface of 
tubes submerged in a pressurized fluidized bed. Using 
this technique, it has become quite clear that the heat 
transfer process is directly affected by local bubble 
dynamics and that the local bubble dynamics are far 
more complex than any of the current models can 
predict. From detailed analysis of the heat flux data 
and visualization of local particle/bubble dynamics, a 
significant improvement in the understanding of the 
complex process has been gained. The analytical basis 
for most current models is that the heat transfer sur- 
face is exposed to one of two stable states. One state 
is a stationary emulsion of particles in contact with 
the surface that transfers heat by a conduction 
process. The second state is a convective state as a 
result of the surface being exposed to a moving 
bubble. This state is either assumed to have negligible 
heat transfer or at a level significantly lower than the 
emulsion state. The visualization of this process shows 
that the motion of the bubbles provides a range of 
emulsion velocities from a maximum at the trailing 
edge of a bubble to a stationary emulsion in the com- 
plete absence of a bubble. The velocities in between 
the extremes are caused by bubble motion in the 
vicinity of the heat flux gage. The closer the bubble 
is to the gage the higher the velocity. In addition, the 
direction in which the particles are moving is important. 
If the particle motion results in pulling fresh particles 
from the interior of the bed the heat transfer is greater 
due to a maximum temperature difference between 
the tube and particles than if the particles have had 
previous contact with the tube surface at another 
location. At a given temperature difference, maximum 
heat transfer occurs by pure conduction for a station- 
ary emulsion, but with a stationary emulsion the heat 
transferred to the particle results in a gradual decrease 
in temperature difference and a gradual decrease in 
heat transfer. A steady replenishment of fresh particles 
from the bed interior maintains a high temperature 
difference, but does not provide a pure conduction 
process. As particle velocities increase the contact time 
decreases and the heat transfer decreases. In the limit 
when a bubble is in contact with the surface pure 
convection occurs. The minimum heat transfer results 
from a bubble in contact with the surface that has 
moved along the tube surface and has already ex- 
changed heat with the tube thereby minimizing surface 
to bubble temperature difference. The net conclusion, 
therefore, is that the interaction between global bed 

the particles as well as the velocity and frequency of 
bubble motion.‘By reviewing the resulting heat trans- 
fer as a function of bed operating pressure and overall 
gas velocity, the mean heat flux value, the amplitude 
of variation about the mean and frequency of heat flux 
oscillation show an increase with both bed operating 
conditions. 

The results presented here provide a ‘qualitative’ 
indication of the transient heat transfer process and 
the need to modify the basic assumptions used in 
developing most current models. This ‘qualitative’ 
approach should be expanded to provide the quan- 
titative data necessary for model development. Recom- 
mended future research should include an exten- 
sion of bed operating conditions to include a full range 
of bed pressures, bed temperatures, flow rates, particle 
sizes, particle compositions, tube orientations (hori- 
zontal and vertical), tube geometries (single tube and 
tube arrays) and tube sizes. This matrix of data would 
be the foundation for developing a quantitative pre- 
diction capability. In addition to the techniques used 
to study particle and bubble dynamics at the surface 
of the tube, a technique to track bubble motion from 
the interior of the bed to the heat transfer surface 
should be employed. The net result would be a model 
for predicting bubble dynamics in the interior of the 
bed as a function of overall bed operating conditions, 
a predictive model for local particle and bubble 
dynamics at the heat transfer surface as a function of 
bed bubble dynamics, and a model for predicting the 
heat transfer at the surface as a function of particle 
and bubble dynamics at the surface. The combined 
model would provide a method for predicting not 
only instantaneous values of heat transfer, but also an 
accurate method for predicting total heat transfer and 
consequently a procedure for sizing required heat 
transfer surface area for a given application. 
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TRANSFERT THERMIQUE VARIABLE ET DYNAMIQUE DES BULLES 
DANS UN LIT FLUIDISE SOUS PRESSION 

R&m&-Une technique de visualisation d’ecoulement pour I’etude de la dynamique des bulles de gaz 
dans un lit fluidisi: pressurise est developpee et utilisee pour quantifier cette dynamique a la surface d’un 
tube vertical imrnergt dans le lit. Des mesures de flux thermique variable sont effect&es et relites au 
mouvement de bulle. On conclut que le mecanisme de transfert thermique est fortement affect& par la 
dynamique et qu’il est beaucoup plus compliqud que ce que peut prevoir n’importe quel modele. On montre 
aussi que les conditions opiratoires du lit determinent le mouvement local bulle/particule autour du tube 

quiaffecte significativement la fluctuation dutransfertthermiquelocal. 

TRANSIENTE WARMEUBERTRAGUNG UND BLASENBEWEGUNG IN EINEM 
UNTER DRUCK GESETZTEN FLIESSBETT 

Zusammenfassung-Es wurde eine Technik zur Sichtbarmachung der Gasblasenbewegung in einem unter 
Druck gesetzten FlieBbett entwickelt und zur Messung dieser Bewegungen an der Oberflbhe eines verti- 
kalen, in das FlieBbett eingetauchten Rohres benutzt. Messungen transienter Warmestromdichten wurden 
durchgefiihrt und mit der Blasen-Bewegung korreliert. Als Ergebnis folgte, daB der Warmeiibertra- 
gungsvorgang durch die Blasenbewegung stark beeinfluBt wird, und daD er wesentlich komplexer ist als 
dies irgendemes der allgemein anerkannten Modelle vorhersagen kann. Es wird ebenso gezeigt, da8 die FlieB 
bettbetriebsbedingungen der prim&e Verursacher fur die lokale Blasen/Partikel-Bewegung in der Umgebung 
des Rohres sind, was die zeitabhangigen Schwankungen beim Grtlichen Warmeiibergang bedeutend 

beinfluBt. 

HECTAl&IOHAPHbIfi TEIIJIOOBMEH II AMHAMMKA IIY3bIPEZi B 
lXEB,lJOOXI4XEHHOM CJIOE IIOjI AABJIEHIIEM 

ArrnoTara-Paspa6orana MeTOnIiKa Bn3yanIi3autIe noToKa AJISI IisyreHna nBHaMHKM ny3bIpeii ra3a a 

nCeBJIOOXOEKeHHOM CnOe IIOA AlaBJKHAeM Ii nOJIyYeHb1 KOJIA'IeCTBeHHbIe XapaKTepnCTnKH npOueCCa y 

IIOBepXHOCTH BepTIIKanbHOfI Tpy6bI, IIOrpymeHHOti B CnOi%. npOBeneHbI 83MepeHHa HeCTanAOHapHOrO 

Tennoaoro noToxa n HakeHa 3aBncnMocTb 0T nanxeHm4 nysbrpeii. Cnenan Bbla0a 0 TOM, sT0 Ha 

nponecc nepeHoca Tenna 6onbmoe nnriar-nfe OKa3bIBaeT anHaMnK8 ny3blpeii Ii CBM npouecc a AaHHOM 
CJIynaeropasno Cnoxnee,SeM 3TonpencKa3biBaIoT O6menpIiHaTbIeMoAenn.KpoMeToronoKa3aHo,~To 

o6mee pemHMHbIe napaMeTpbI CJIOR 06yCnaBnIiBaIOT JIOKaJIbHbIe ,IIBn~eH‘Ia ny3bIpefi/YaCTUII OKOJIO 

Tpy6bI,YTO a 3narIiTeJIbHO~ CTeneHW CKa3bIBaeTCR Ha BpeMeHHbIX +IyKTyaIInKX JIOKaJIbHOrO TenJIOne- 

peeoca. 


